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Abstract

The behaviour of a low-productive V2O5–TiO2 (anatase) supported catalyst for oxidation ofo-xylene to phthalic anhydride is investigated.
The catalyst operates by inlet reagent concentration 40 g m−3(STP) (usual concentration in the industry) and is calcined under conditions,
which differ in comparison with those applied in the industry. It is experimentally specified that the amount of the vanadium chemically
bonded with the TiO2 support depends considerably on the conditions of calcination. Experiments are carried out in a pilot installation with a
fixed catalyst bed composed by a catalyst, which is calcined, but has not undergone other preliminary operations. The dependence of the hot
spot temperature on the variation of the process parameters is studied. By means of a heterogeneous two-dimensional model an identification
p ed but not
p ed results is
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roblem is solved. As a result the energies of activation valid for the calcined catalyst are determined. It is found that a calcin
retreated sample is considerably more active than the pretreated form. A brief statistic analysis of the experimental and predict
erformed.
2005 Elsevier B.V. All rights reserved.
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. Introduction

The oxidation ofo-xylene to phthalic anhydride is one
f the most important industrial processes and therefore the

eading researchers go on with it[1–3]. Lately, the engineers
arry out the process by using modern, high-productive cat-
lysts[4,5]. But several years ago, the catalyst O 4-25 op-
rated ato-xylene concentration 40 g m−3 (STP) was inten-
ively used. Up to now it has not lost significance and is
sed in many chemical plants all over the world[4]. This is
ue to its low price, high thermal stability and good qualities

ested many times in the industry. Moreover, the inlet reagent
oncentration for this catalyst does not exceed the lower ex-
losion limit of the reaction mixture (about 1 mol%o-xylene

n air) [4].
We have devoted many papers to the realisation of the ox-

dation process, as well as to its equipment[6–8]. Our last
tudies concern the high-productive catalysts O 4-26 and O
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4-28 [5,9], especially their kinetics and deactivation un
industrial conditions. Nevertheless, our interest to the
ventional catalyst does not wane, which is due to its spe
nature. In a recent paper[10] we made an attempt to com
pare together two forms of the catalyst O 4-25 (pretre
and non-pretreated) with respect to the parametric sens
(PS) of the process. In contrast to the highly productive
alysts (inleto-xylene concentration 60 and 80 g m−3 (STP)),
which are not subjected to any preliminary treatments, t
4-25 catalyst undergoes a two months treatment befor
ing introduced in a regular exploitation. On the other ha
it is well known that the PS problems are especially im
tant with respect to the realisation of an exothermic cata
process in a fixed catalyst bed. Situations exist, when s
variations of the process parameters cause significant ch
of the temperature regime accompanied by a sharp inc
of the hot spot temperature[11–13]. The last one is especia
unfavourable for the characteristics of both the process
the catalyst.

In the paper mentioned[10] it was established that th
operation with a catalyst, which is calcined, but not c
385-8947/$ – see front matter © 2005 Elsevier B.V. All rights reserved.
oi:10.1016/j.cej.2005.03.010
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Nomenclature

a specific external surface area of pellets
(m2 m−3)

C concentration of component in gas phase
(kmol m−3)

Cg heat capacity of gas (J m−3 K−1)
Cp concentration of component on the surface of

pellets (kmol m−3)
C0 inlet concentration of component in gas phase

(kmol m−3) (g m−3(STP)) (m3(STP) defined
as m3 at 0◦C and 101.325 kPa)

Dr coefficient of effective mass diffusivity in ra-
dial direction for gas (m2 s−1)

E energy of activation (kJ kmol−1)
F dimensionless Fiescher number
FA dimensionless factor accounting for in a formal

way the catalyst activity along the bed
Ft dimensionless tabulated Fiescher number
hgc heat transfer coefficient between fixed bed and

coolant (W m−2 K−1)
hgp heat transfer coefficient between gas and cata-

lyst pellets (W m−2 K−1)
�H heat effect of corresponding reaction

(J kmol−1)
kgp mass transfer coefficient between gas and cat-

alyst pellets (m s−1)
K reaction rate constant (kmol kg−1 s−1 Pa−1)
KC rate constant of catalyst reoxidation

(kmol kg−1 s−1 Pa−1)
K0 pre-exponential factor (kmol kg−1 s−1 Pa−1)
l axial coordinate (m)
L length of bed (cm)
P partial pressure of component (Pa)
Pox partial pressure of oxygen (Pa)
r radial coordinate (m)
rp reaction rate by steps on catalyst pellets

(kmol kg−1 s−1)
R tube radius (m)
Sr variance of experimental and predicted results

(◦)
T temperature of gas (K)
Tc temperature of coolant (accepted to be equal to

the temperature of the tube wall) (K) (◦C)
Tfb temperature in bed (measured experimentally)

(◦C), as well as mean temperature (obtained
from arithmetic means of temperatures of gas
and solid phases) for model prediction (◦C)

Ths temperature of hot spot (measured experimen-
tally) (◦C), as well as mean temperature of hot
spot (obtained from arithmetic means of hot
spot temperatures of gas and solid phases) for
model prediction (◦C)

Tp temperature of pellets (K)

T0 inlet temperature of gas (K) (◦C)
V flow rate of reaction mixture per single tube

(m3(STP) h−1)
Vb gas velocity with respect to full cross section

of tube (m s−1)
Wp reaction rate by component on catalyst pellets

(kmol kg−1 s−1)

Greek letters
α defined in Eq.(13) (dimensionless)
ε void fraction of fixed bed (dimensionless)
λr coefficient of effective conductivity in radial

direction for gas (W m−1 K−1)
ν1, ν2 ranges of discretion (dimensionless)
ρp density of pellets (kg m−3)
σn−1 variance of reproducibility of hot spot experi-

mental temperatures (◦C)

Subscripts
A o-xylene
B o-tolualdehyde
C phthalide
D phthalic anhydride
i component (1 = A; 2 = B; 3 = C; 4 = D)
m reaction step

pletely pretreated, leads to very high hot spot temperatures
exceeding or being quite near to the maximum admissible
temperature for the V2O5–TiO2 (anatase) system (500◦C).
But a quantitative analysis of the high catalyst activity was
not given, nor yet an attempt to work out its kinetics was done.
This is important with a view to evaluate the opportunities
for the process realisation by using the calcined form un-
der industrial regime, which is different in comparison with
the pretreated sample[14]. Moreover, if kinetics for such a
catalyst form is available, the precise determination of the
parametric sensitivity at various industrial situations will be
solved.

Thus, the aim of this paper is to determine the kinetic
parameters valid for a calcined catalyst by using the kinetic
model for oxidation ofo-xylene suggested by Calderbank
et al.[15]. In order to achieve it, we solved an identification
problem by means of a proper mathematical model and using
experimental data obtained in a pilot set-up. The experiments
concern the hot spot temperatures in a fixed bed constituted by
a non-pretreated (only calcined) sample. They are obtained
as a function of various process parameters, namely cooling
temperatureTc, inlet temperature of the reaction mixtureT0,
initial o-xylene concentrationCA,0 and gas flow rate through
a single contact tubeV.

Regardless of the fact that kinetic problems are studied
here, they are solved by using typical methods of the reaction
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engineering. Therefore, the reaction engineering aspects of
this study should be especially important for the reader.

2. Experimental

2.1. Industrial reactor

The experiments related to the behaviour of the catalyst
in the beginning (third day) and at the end (50th day) of the
real pretreatment (taking place after the stage of calcination)
was carried out in an industrial reactor, whose scheme was
shown in our paper[16]. The apparatus has 8920 contact
tubes of 3250 mm length and 26 mm inner diameter, as well
as a built-in steam generator. The reactions’ heat is removed
by a coolant, an eutectic mixture of KNO3 and NaNO2 (ratio
57:43) circulating in the shell-side. More details about the
conventional reactor are given in[7,17].

2.2. Pilot experimental installation

The first stage of the pretreatment of a fresh catalyst O
4-25 or of its calcination, as well as the experiments using
the calcined form were performed in a pilot installation de-
pictedFig. 1. Its most important element, the integral non-
i ngle
t tube
w ) lo-
c Each
s d an
i wall
t ith
a ea-
s ment

in the catalyst bed are performed several hours after reaching
a stationary regime. The installation contains also a preheater
of the air and an evaporator ofo-xylene assembled in the ap-
paratus (1), a water-cooled condenser (4), and a scrubber (5).
The raw phthalic anhydride is separated in (4), while the final
cleaning of the air leaving the tube is realised in (5). A dosing
pump (MMS-4, made in Czech Republic) with four pistons
performs the dosage ofo-xylene. All pipelines are heated to
a temperature over 200◦C to prevent a condensation of the
reaction products.

2.2.1. Catalyst
The physicochemical characteristics of the conventional

V2O5–TiO2 (anatase) supported catalyst operated at inleto-
xylene concentration 40 g m−3(STP), as well as the indices
of the bed in both the industrial and pilot reactors are[16]:

• specific catalyst surface: 10 m2 g−1;
• specific volume of the pores (Hg): 269 (m3 kg−1) 106;
• V/Ti ratio by weight: about 0.06;
• promoters: P2O5, Al2O3;
• bed density: 1500 kg m−3;
• bed porosity: about 0.4;
• amount of the catalyst in a single tube: about 2100 g;
• bed height: 280 cm;
• thickness of catalyst layer: about 0.1 mm;
•

2

de
p gas
c 00).
T phi-

F ure; R r
o aters (e
sothermal, non-adiabatic reactor (2) is identical with a si
ube of the industrial unit. The maintenance of a proper
all temperature is achieved through electric heaters (3
ated around the tube and grouped in eight sections.
ection is connected to a positional thermoregulator an
ron–constantan thermocouple. They both control the
emperature. A mobile NiCr–Ni thermocouple (supplied w
data logger) installed coaxially in the centre of the tube m
ures the temperature in the bed. Temperature measure

ig. 1. Experimental set-up: C, control; F, fluid; I, information; P, press
-xylene; 2, pilot non-isothermal, non-adiabatic reactor; 3, electric he
s

support; porcelain spheres of diameter: 6 mm.

.3. Analyses

The analyses ofo-xylene, phthalic anhydride and si
roductso-tolualdehyde and phthalide are done by using
hromatography (gas chromatograph Perkin-Elmer 85
he maleic anhydride content is performed polarogra

, registration; S, interlock; T, temperature; 1, preheater for air and evaporator fo
ight pieces); 4, water-cooled condenser and 5, scrubber.
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cally. The specific catalyst surface is determined through low-
temperature adsorption of N2, while the elemental composi-
tion is specified by means of atomic adsorption spectrometry
(AAS). A DRON-3 diffractometer (Cu K� radiation) is used
to specify the catalyst phase composition.

3. Mathematical model

As in our other communications[9,10,17] a two-
dimensional heterogeneous model describing the behaviour
of the gas and solid phases is used in this study. It was sug-
gested by Froment[18] and is recognised as most suitable
to study highly exothermic catalytic processes with chemical
reactions running on the catalyst surface[19–21]. For a single
contact tube of cylindrical form under stationary conditions
the model is presented by the following equations:

Gas phase

Dr,i

(
∂2Ci

∂r2
+ 1

r

∂Ci

∂r

)
− Vb

∂Ci

∂l
+ kgp,ia(Cp,i − Ci) = 0

(1)

λr

(
∂2T

∂r2
+ 1

r

∂T

∂r

)
− VbCg

∂T

∂l
+ hgpa(Tp − T ) = 0 (2)

w

l

r

r

k

h

-
d sient

method. More details about the solution are presented in our
communication[22]. The model coefficientsDr , λr , kgp, hgp
andhgcare determined with the help of the relationships given
in [23], while some concrete values are shown in[9].

4. Kinetics

In this study, as well as in the case of determining the ki-
netics of the catalysts O 4-26 and O 4-28[5], we used the
kinetic scheme and equations suggested by Calderbank et
al. [15]. There is an unanimous opinion that they are among
the best ones for the oxidation process[6,20,24]and give a
good approximation to the real situation observed in the in-
dustrial reactor. According to its authors this kinetics is valid
for various commercial V2O5–TiO2 (anatase) supported cat-
alysts, whatever the catalyst O 4-25 is. An undoubted advan-
tage is the recognition of phthalide, which, as known, defines
the quality of the raw phthalic anhydride. In our opinion,
a considerable failing is the neglecting of maleic anhydride
generation[25]. This substance is related to the products of
combustion.

So, the network is[15]:

( it
i ne-
g

re:

r

r

r

r

r

T
O lyst O 4
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ith boundary conditions:

= 0; C = C0,i; T = T0 (3)

= 0;
∂Ci

∂r
= 0;

∂T

∂r
= 0 (4)

= R;
∂Ci

∂r
= 0; −λr

∂T

∂r
= hgc(T − Tc) (5)

Catalyst pellets:

gpa(Ci − Cp,i) + Wp,i(Cp,i, Tp, FA(l))ρp(1 − ε) = 0 (6)

gpa(T − Tp)+
s∑

m=1

rp,m(Cp,i, Tp, FA(l))ρp (1 − ε) (−�Hm)

= 0 (7)

The system(1)–(7) is approximated by an implicit finite
ifference scheme and solved by using the false-tran

able 1
riginal kinetic parameters and kinetic parameters defined for a cata

tage # Original kinetic parameters according to
Calderbank et al.[15]

K0,m (kmol kg−1 s−1 Pa−1) Em (kJ kmol−1)

3.7779× 10−5 61420
5.4870× 10−6 46473
3.5330× 10−6 51205
1.2780× 10−5 54512
3.1482× 10−5 57945
where A, B, C and D areo-xylene (o-XL), o-tolualdehyde
o-TA), phthalide (PH) and phthalic anhydride (PA). As
s suggested[15], the stage 6 is insignificant and can be
lected.

The kinetic equations by stages in partial pressures a

p,1 = K1αPA (8)

p,2 = K2αPB (9)

p,3 = K3αPA (10)

p,4 = K4αPA (11)

p,5 = K5αPC (12)

-25 calcined 72 h at 480◦C

Energies of activation for a catalyst
calcined 72 h at 480◦C

Ratio of original to new
energies of activation

Em,new (kJ kmol−1) Em,or./Em,new

41282± 4463 1.488
26335± 4463 1.765
31066± 4463 1.648
34374± 4463 1.586
37807± 4463 1.533
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where:

α = KCPox

KCPox + (K1 + 6.5K3 + 3K4)PA + K2PB + K5PC

(13)

The value ofKCPox by oxidation with air at near atmo-
spheric pressure is 0.722× 10−5 kmol kg−1 s−1. The original
values of the pre-exponential factors and energies of activa-
tion obtained by Calderbank et al.[15] are shown inTable 1,
columns 2 and 3.

5. Results and discussion

5.1. Pretreatment procedure for the catalyst O 4-25

In order to account for the behaviour of the non-pretreated
catalyst, it is worthwhile to remember here, what is the pre-
treatment procedure for a fresh sample. We used it in the
industrial reactor[16].

As demonstrated theoretically and experimentally in[16],
this operation is necessary to achieve a suitable activity of
the fresh sample before its introduction into regular operation
during 3–3.5 years. It is worth noting here that the form men-
tioned has initially a very low activity[16]. So, the complete
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During the real catalyst pretreatment an artificial reduction
of the activity is achieved in the first 60–80 cm of the bed.
We specified[16] that at the end of the procedure it amounts
to 0.7–0.8 of the activity in the remaining part of the bed.
The deactivation discussed leads to a “quasi dilution” of the
front portion of the bed, thus avoiding the real dilution in the
hot spot area by inert materials as suggested in the literature
[19,34]. A considerably softer temperature regime is realised
in the reactor.

5.2. Behaviour of a catalyst O 4-25 pretreated under
industrial conditions

The experimental temperature profiles obtained by the cat-
alyst at the third day of the pretreatment (filled circles) and at
the end of this procedure (50th day, blank circles) are shown
in Fig. 2. In the same figure the temperature regimes pre-
dicted by the model with the original kinetic parameters[15]
under conditions as for the experiments are also given. Curve
1 concerns the third day of the pretreatment, while curve 2
is related to the end of this period. Taking into consideration
the good correspondence between predicted and experimen-
tal temperature regimes, it can be maintained that the kinet-
ics of Calderbank et al.[15] interprets quite satisfactorily
the catalyst behaviour. This concerns not only the tempera-
t lated
y ding

F ial re-
a pera-
t
C i-
m 0th
d
Curve 1: model predictions under technological conditions as in the exper-
iments marked by filled circles,FA = 1.08 (0–60 cm),FA = 1 (60–280 cm);
curve 2: model predictions under technological conditions as in the experi-
ments marked by blank circles,FA = 0.8 (0–60 cm),FA = 1 (60–280 cm).
ycle of the catalyst pretreatment under industrial condit
n the industrial reactor consists of two stages as follow

First stage:Calcination: As suggested, for the sake of co
venience, this procedure is described below in the be
ning of Section5.3.
Second stage: Catalyst pretreatment: After calcination
the air is mixed witho-xylene and the catalyst is treat
during 50–60 days in the industrial reactor under str
defined conditions. Using a fixed scheme[16] both the
gas flow rate and the inlet reagent concentration incr
gradually to the final industrial values 4.5 m3(STP) h−1

and 40 g m−3(STP) starting from 2.5 m3(STP) h−1 and
27 g m−3(STP), respectively. At the same time the coo
temperature decreases from 390 to 370–372◦C (industria
cooling temperature) at the end of the period. In fact,
operation is the real catalyst pretreatment.

It was established that a highly active monolaye
2O5 chemically bonded with the TiO2 support[26–28]was

ormed during the calcination of the sample (first stage
resent it is considered that just this layer is responsibl

he activity and the selectivity of the catalyst in the proc
f o-xylene oxidation to phthalic anhydride[28–31]. Along
ith the formation of the monolayer small amount of f
rystallites V2O5 having considerably lower activity are ge
rated[32]. The creation of the monolayer is a very sensi
rocess with respect to its temperature and duration, w

s also confirmed by del Arco et al.[33]. By varying the pa
ameters mentioned these authors have established th
atalytic surface changes.
ure and the location of the hot spot, but also the calcu
ield of PA and the contents of the side products. Accor

ig. 2. Experimental and predicted temperature profiles in an industr
ctor of fixed bed (catalyst O 4-25). Filled circles: experimental tem

ures (r = 0) at the third day of the real pretreatment;V= 3.0 m3(STP) h−1,

A,0 = 31.5 g m−3(STP), T0 = 247◦C, Tc = 385◦C. Blank circles: exper
ental temperatures (r = 0) at the end of the real pretreatment (5
ay);V= 4.5 m3(STP) h−1,CA,0 = 40 g m−3(STP),T0 = 230◦C,Tc = 372◦C.
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to the simulation results (74 mol% for curve 2 and 79 mol%
for curve 1), the PA yields correspond well with those de-
termined experimentally (74–77 mol%). In regard to the side
products, the calculations show a content ofo-TA being about
and a little more than 1 mol%, while the experimental yield is
0.6–0.8 mol%. The differences for phthalide are higher—the
prediction shows about 4 mol%, but the experimental content
is about four to five times lower (0.8–1 mol%). In fact, our
industrial experience[17,22], confirms also the ability of the
original kinetics to predict the behaviour of the pretreated
catalyst.

5.3. Behaviour of a calcined catalyst O 4-25

In the stage of calcination (first stage of the pretreatment)
the fresh catalyst is heated by hot air (withouto-xylene) to
380–400◦C at a rate of 5–8◦C h−1. The heating continues
4–6 h at this temperature at air flow rate 2.5 m3(STP) h−1

per contact tube. This procedure is observed in the industrial
reactor.

Bearing in mind the information about the high sensitiv-
ity of the calcination process towards its temperature and
duration[33], we decided to carry out the calcination un-
der conditions quite different than those typical of the indus-
trial calcination. The aim was to see how the new conditions
should affect the activity of the sample. As discussed above,
t eved
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Fig. 3. Influence of the cooling temperatureTc on the hot spot tempera-
tureThs. Filled circles: experimental temperatures in the pilot reactor (r = 0)
atV= 4.5 m3(STP) h−1, CA,0 = 24 g m−3(STP),T0 = 370◦C. Curves: model
predictions as in the experiments; curve 1: calcined catalyst, energies of ac-
tivationEm determined by means of all experimental dependencies (Table 1,
column 4),FA = 1 (0–280 cm); curve 2: calcined catalyst,Em determined by
means of the dependenceThs= f(Tc), FA = 1 (0–280 cm); curve 3: pretreated
catalyst,FA = 0.8 (0–60 cm),FA = 1 (60–280 cm); curve 4: pretreated cata-
lyst,FA = 2 (0–280 cm).

der the influence of temperatures in the interval 450–480◦C.
In other words, it should be supposed that the calcination of
the catalyst is continued and completed during this period
under conditions near to those applied by us (72 h at 480◦C).

Fig. 4. Dependence of the hot spot temperatureThs on the inlet gas temper-
atureT0. Filled circles: experimental temperatures in the pilot reactor (r = 0)
a 3 −1 −3 ◦ l
p sam-
p ed
c

he normal catalyst activity (assumed to be unity) is achi
ust in the stage of calcinations[16].

The calcination was performed in the pilot set-up (Fig. 1)
uring 72 h at temperature 480◦C. These conditions diffe
ignificantly from the industrial calcination regime carr
ut at 380–400◦C during 4–6 h.

In the next four figures (Figs. 3–6) it can be seen the d
endence of the hot spot temperatures on the variation
arametersTc, T0,CA,0 andV. The experimental results (c
les) were obtained in a bed constituted by a catalyst, w
as subjected only to a calcination procedure under the
itions specified above. The curves represent the simu
esults in various situations discussed below.

Fig. 3shows how the hot spot temperature changes w
he cooling temperature increases. Curve 3 represen
odel solution for a pretreated form calcined under in

rial conditions. It makes an impression that the differen
etween the hot spot temperatures of the calcined ca
nd those of the pretreated sample are significant and

rom 84 to 122◦C. Additional calculations (not given her
how that these differences are considerably higher than
hould be if the activity of the calcined catalyst is two
hree times higher than the activity of the pretreated form
xpected, if the activity of the calcined sample is two tim
igher (FA = 2 along the whole bed height), the hot spot t
eratures increase (Fig. 3, curve 4). Nevertheless, they rem
onsiderably lower in comparison with those determined
erimentally (differences between 72 and 93◦C). At the sam

ime, in the first three days of the real pretreatment (72 h
ample located in the hot spot zone (Fig. 2, filled circles) is un
tV= 4.5 m (STP) h , CA,0 = 24 g m (STP),Tc = 370 C. Curves: mode
redictions under conditions as in the experiments; curve 1: calcined
le,Em as in column 4 ofTable 1, FA = 1 (0–280 cm); curve 2: pretreat
atalyst,FA = 0.8 (0–60 cm),FA = 1 (60–280 cm).
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Fig. 5. Experimental and predicted hot spot temperaturesThs as a function
of the inlet reagent concentrationCA,0. Filled circles: experimental tem-
peratures in the pilot reactor (r = 0) at V= 4.5 m3(STP) h−1, T0 = 370◦C,
Tc = 370◦C. Curves: model predictions under conditions as in the experi-
ments; curves 1 and 2: as inFig. 4.

But according to the simulation results, the catalyst activity
grows up to 1.1 relative units only, while even at an activity
two times higher (Fig. 3, curve 4) the predicted temperatures
are considerably lower than the experimental ones. There-
fore, it seems that the sample treated during 72 h at 480◦C

F
F
C s
u l
p : as in
F

Table 2
Characterization of a non-pretreated catalyst O 4-25 calcined under various
conditions

Treatment conditions Amount of chemically
bonded V2O5 (wt%)

Amount of chemically
unbounded V2O5 (wt%)

Time
(h)

Temperature
(◦C)

4 380 5.40 94.60
72 440 6.31 93.69
24 480 8.32 91.68
72 480 8.67 91.33

has kinetic parameters, which differ from the original ones
[15]. There is a reason to suppose this, because the calcina-
tion is carried out by air free ofo-xylene. Most likely this
method of calcination stimulates significantly the amount of
vanadium chemically bonded with the TiO2 support. On the
contrary, in the case of an additional calcination taking place
in the industrial reactor during the first three days of the real
pretreatment (Fig. 2, curve 1), the presence ofo-xylene sup-
presses the delicate process[16] of formation of the V2O5
monolayer. Obviously, the agent used in the calcination, as
well as the temperature and the duration of this process[33]
are determinative for the catalyst properties. An additional
confirmation of our assumption is a part of the experimen-
tal results shown in[16]. According to it, the calcination of
a catalyst treated preliminary witho-xylene cannot ensure a
normal activity of the sample.

The assumption that the amount of the chemically bonded
vanadium depends directly proportional on the increase of
both the time and the calcination temperature is demonstrated
by the experimental results presented inTable 2. It is seen that
if both factors increase (Table 2, columns 1 and 2) the content
of this vanadium form increases, too. So, a sample treated
under the conditions specified (Table 2, column 3, line 4)
shows a quantity of the chemically bonded vanadium, which
is with about 60% higher than that in a catalyst calcined in
the industrial apparatus (Table 2, column 3, line 1). This is
a y of
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ig. 6. Effect of the gas flow rateV on the hot spot temperatureThs.
illed circles: experimental temperatures in the pilot reactor (r = 0) at

A,0 = 24 g m−3(STP),T0 = 370◦C,Tc = 370◦C. Curves: model prediction
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n undoubted evidence of the significantly higher activit
he form discussed.

Considering the facts and arguments stated above, we
o specify kinetic parameters giving a satisfactory appr
ation to the experimental hot spot temperatures. The ki

cheme and model of Calderbank et al.[15] were not change
esides, we decided to search for new energies of activa
ince it was established (Fig. 3, curve 4) that a significa
hange of the pre-exponential factors had a small effe
he predicted temperatures. Solving an identification p
em we determined the newEm. An optimization procedur
ased on the method of “fortuity search” and explaine
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um of the squares of the differences between experim
nd predicted hot spot temperatures is minimised. All ex

mental results regarding the influence ofTc, T0, CA,0 andV
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on the hot spot temperature (25 experiments) are used in the
search process. The energies of activation determined in this
way are shown in column 4 ofTable 1. The pre-exponential
factorsK0,m do not change and remain equal to the original
ones shown in column 2 ofTable 1.

So, curve 1 inFig. 3represents the temperatures predicted
by the heterogeneous model using the newEm. It is worth
noting that inFigs. 2–6the predicted temperatures are arith-
metic means of the temperatures of the gas and solid phases
and are related to the centre of the fixed bed (r = 0). As seen,
the calculated curve lies systematically under the experimen-
tal results, while the maximum difference between measured
and predicted temperatures (atTc = 350◦C) reaches 27◦C,
or it is below 6%. How far such a description is adequate to
the physical experiments is discussed below. Unfortunately,
using all experiments we do not succeed in specifying a set
of Em giving a better agreement between curve 1 and the
experimental points. Largely this is due to the experimental
accuracy, but the kinetic scheme and the model of Calderbank
et al.[15] have also a certain influence. As mentioned, they
are not deprived of shortcomings. It can be seen inFig. 3
that curve 2 gives a considerably better approximation to
the experimental results. It is obtained with a set of ener-
gies of activation, which is also a result of solution of the
identification problem, but using only the experimental de-
pendence of the hot spot temperature on the cooling temper-
a
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Figs. 5 and 6display the experimental and predicted hot
spot temperatures of both catalyst forms (calcined and pre-
treated) as a function of the inlet reagent concentrationCA,0
(Fig. 5) and the gas flow rateV (Fig. 6). Curve 1 in both
figures is related to the model solutions obtained by the new
Em, while curve 2 demonstrates the behaviour of a pretreated
sample. For both dependencies it can be maintained that
the new kinetic parameters reproduce well the experimen-
tal temperatures of the hot spot. In this two cases also, the
catalyst calcined in the way discussed shows considerably
higher temperature regimes in comparison with those of the
completely pretreated form. Under certain conditions they
exceed the maximum admissible temperature for the cata-
lyst (500◦C). A comparison of curves 1 and 3 inFig. 3and
1 and 2 inFigs. 4–6shows almost the same course of the
curves for both catalyst forms. This indicates that the co-
efficients of parametric sensitivity of these forms are prac-
tically identical in the interval of changing the process pa-
rameters. As the values mentioned are low, there is no risk
to realise the process by using a pretreated catalyst, which
is discussed in detail in[10]. But due to the high temper-
atures obtained by a calcined sample, it cannot be used in
the industry. Regardless of the low coefficient of PS, small
accidental variations of the parameters could lead to tem-
peratures exceeding the maximum admissible one for the
system VO –TiO , and hence to its thermal deactivation
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ture (seven experiments). In this case the values ofEm are
ower thanEm in the set specified by all experiments (Table 1,
olumn 4). But they fall into the confidential limits of the
al set of energies of activation, and we do not show t
ere.

Fig. 4 shows the hot spot temperaturesThs as a function
f the inlet gas temperatureT0. Curve 1 gives the model pr
iction with the new energies of activation, while curv
epresents the same temperatures but for a catalyst pret
nder industrial conditions. It can be seen that, as the

emperature increases, the hot spot corresponds first to
lyst behaving as if it was pretreated (i.e. partly reduc
nd gradually to temperatures corresponding to a ca
eing calcined. This could be due to the reoxidation of
3+ and/or V4+ to V5+. As V5+ are more active than V4+

owardo-xylene oxidation this would be quite normal. B
nother explanation is also possible. It seems that curve
cribes comparatively well the experiments, but if the po
t T0 = 340 and 350◦C are eliminated. As they (especia

he first one) are closer to the model prediction for a
reated sample (curve 2), these points could be conside
ot typical of the form calcined under the conditions app
480◦C, 72 h).

It is interesting here to discuss the minimum of the hot
emperature (Ths= 487.4◦C) for the calcined catalyst (cur
). It is located atT0 = 350◦C. This result agrees qualitative
to a great extent also quantitatively) with our experime
tudy[22]. According to it, the hot pot temperature of a p
reated catalyst has a minimum value at initial gas temp
ures lower by about 10–15◦C than that of the coolant.
d

-

2 5 2
sintering) in the hot spot region. An uncontrolled runnin
he process accompanied by a heat explosion is also
le.

The specified energies of activation valid for the
ined catalyst enable the engineer to prognosticate
emperature regime produced by this form under v
us industrial conditions and a special organisation o
ed. For instance, if the conventional technological
itions (Tc = 370◦C, T0 = 230◦C, V= 4.5 m3(STP) h−1 and
A,0 = 40 g m−3(STP)) are used, the hot spot temperatur

he non-pretreated sample increases to 552◦C. Obviously
uch a technological regime cannot be applied in the in
ry. But if the fixed bed is properly organised, namely if b
orms are combined together, a calcined catalyst could
ndustrial application. These opportunities will be show

next paper.
It is worth discussing the ratios of the original energ

f activation (Table 1, column 3; catalyst calcined indust
lly at 380◦C during 4–6 h) to the new ones (Table 1, col-
mn 4; catalyst calcined 72 h at 480◦C). They varies be

ween 1.488 (E1,original/E1,new) and 1.765 (E2,original/E2,new),
hile the arithmetic mean of all ratios is 1.604. At the sa

ime the amount of the chemically bonded V2O5 in a cat-
lyst calcined at 480◦C during 72 h (Table 2, column 3
.67 wt.%) is 1.606 times higher than that one in a s
le calcined industrially (Table 2, column 3; 5.40 wt.%). I
ther words the mean reduction ofEm for the form cal-
ined during 72 h at 480◦C corresponds exactly to the
reased content of the chemically bonded V2O5 in the same
orm.
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Table 3
Estimation of experimental and predicted results

Number DependenceThs= f(Tc)
(Fig. 3, curve 1)

DependenceThs= f(T0) (Fig. 4, curve 1) DependenceThs= f(CA,0)
(Fig. 5, curve 1)

DependenceThs= f(V)
(Fig. 6, curve 1)

With all points Without two points

F 3.51 13.20 1.22 1.12 1.60
Ft 19.44 19.44 19.43 19.44 19.44

5.4. Statistic analysis of the experimental and predicted
results

Each of the experimental results shown inFigs. 3–6is
performed three times. The confidential intervals of the dif-
ferent experiments are determined on this basis. As seen in
the figures, the reproducibility of each point is different. The
best repeatability of the experiments (lowest variance of re-
producibility (σn−1)2) is registered for the mean values of the
hot spotThs= 477◦C atTc = 330◦C (Fig. 3) andThs= 492◦C
at CA,0 = 21.5 g m−3(STP) (Fig. 5). The worst repeatability
(highest variance of reproducibility (σn−1)2) is observed for
Ths= 442◦C atT0 = 350◦C (Fig. 4). With a view to estimate
more precisely the adequacy of the predicted results, the Fi-
escher number is calculated by using the best reproducibility
of the experimental results ((σn−1)2 = min).

As seen inFigs. 3–6, highest differences between exper-
iments and predictions (highest variance (Sr)2) exist for the
dependence of the hot spot temperature on inlet gas tempera-
ture (Fig. 4). Certainly, this statement is valid if all experimen-
tal points inFig. 4 (six experiments) are considered. But, as
discussed, the hot spot temperatures atT0 = 340 and 350◦C
are rather unreliable and could be neglected. On the other
hand both the heterogeneous model and the kinetic model
with the specified energies of activation give the best approx-
imation to the experimental hot spots ((S )2 = min) in the case
T
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line). For the dependenceThs= f(T0) (Fig. 4; all experimental
points included) only, the calculated (13.20) and the tabulated
(19.44) values are closer to each other. But after eliminating
the disputable two points, the calculated Fiescher number
drops sharply to 1.22.

6. Conclusions

The study of the behaviour of the V2O5–TiO2 (anatase)
supported catalyst O 4-25 calcined under special conditions
allows the following conclusions and results to be defined.

1. Energies of activation valid for a calcined catalyst are
specified.

2. The heterogeneous two-dimensional mathematical model
and the kinetics by Calderbank et al.[15] with the new
energies of activation describe adequately the experimen-
tal hot spot temperatures in a fixed bed composed by a
calcined catalyst.

3. The characteristics of the catalyst depend essentially on
both the duration and the temperature of thermal treatment
(calcination), as well as on the presence ofo-xylene in the
oxidation agent.

4. The specified conditions of thermal treatment of the cata-
lyst lead to a significant increase of the chemically bonded
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hs= f(CA,0) (Fig. 5). The dependenciesThs= f(Tc) (Fig. 3)
ndThs= f(V) (Fig. 6) have an intermediate position, but o
iously the variance of the first one is higher than the varia
f the second.

The calculated values of the Fiescher number (F), as wel
s its tabulated values (Ft) at ranges of discretionν1 = 20 (or
1 = 18 after eliminating two points inFig. 4) andν2 = 2 (three
imes reiteration of all experiments) are presented inTable 3.
s known, the values 20 and 18 forν1 are the difference
etween the number of the experiments (25 and 23, re

ively) and the number of the energies of activation (E1–E5)
pecified by using these experiments.

It can be seen inTable 3that all experimental depende
ies (Figs. 3–6) are adequately interpreted by both the
rogeneous model and the kinetic model of Calderbank

15] with the new energies of activation. This is confirm
y the calculated values of the Fiescher numberF (Table 3,
rst line). For dependenciesThs= f(Tc) (Fig. 3), Ths= f(CA,0)
Fig. 5) andThs= f(V) (Fig. 6) they are considerably low
han the corresponding tabulated valuesFt (Table 3, second
vanadium in comparison with the traditional calcinat
in the industry.

. The average reduction of the new energies of activatio
comparison with the original ones) corresponds exac
the increased amount of the chemically bonded vana
in a catalyst calcined under special conditions.

. The original kinetic scheme and the kinetic parame
of Calderbank et al.[15] predicts in a satisfactory wa
the behaviour of a catalyst calcined and pretreated u
industrial conditions.

. Regardless of the low parametric sensitivity of the cat
calcined 72 h at 480◦C, it cannot be used in the indus
due to its high activity. But there are interesting oppo
nities to use effectively this form, if it is combined w
a pretreated catalyst, namely if a dual catalyst bed i
ganized. In the case of loading the high active form (o
calcined catalyst) in the second half of the bed, wher
temperature is comparatively low, the reoxidation of
side products into phthalic anhydride should be sig
cantly intensified.
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